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Tower reactor and use thereof for continuous produc- 
tion of high-molecular weight polyester 

The invention relates to a tower reactor and the use 
thereof for producing high-molecular weight polyes- . 
ters, such as e.g. polyethylene terephthalate (PET), 
polybutylene terephthalate (PBT) , polynaphthalene 
terephthalate (PEN) , polytrimethylene terephthalate 
(PTT) and/or polyesters of other dicarboxylic acids 
and diols including copolymers thereof. It thereby 
concerns a single-stage tower reactor. 

Methods for continuous production of polyesters are 
known from the state of the art/ in which multiple- 
stage reactor systems are used which comprise three 



to five different reaction vessels which are con- 
nected to each other. In the case of these methods, 
the polyester formation is implemented in a plurality 
of reaction steps which are generally configured as 
stirred tanks, which steps proceed spatially sepa- 
rately from each other: esterif ication, transesteri- 
fication, precondensat ion, polycondensation and poly- 
esterif ication. The. reaction conditions .for the es- 
terif ication are thereby at temperatures between 20 0 
and. 2.80 °C and pressures between 0 . and 4 bar, whilst 
the conditions for the transesterif ication are nor- 
mally at atmospheric pressures and also at tempera- 
tures between 150 and 240 dependent upon the ini- 
tial substances, especially upon the diols. Low tem- 
peratures and low pressures are desirable for the 
methods in order to avoid undesired secondary reac- 
tions . 

A method for continuous production of high-molecular 
weight polybutylene terephthalate is known therefore 
from DE 3 5 44 551 Al , in which the method is imple- 
mented at atmospheric pressure. 

It is important with all the methods known from the 
state of the art to fulfil the following conditions: 

I) Suitable process control and configuration of 
the devices in order to avoid undesired secon- 
dary reactions. 

II) As rapid as possible removal of the byproducts, 
such as e.g. water, methanol, THF and acetalde- 



hyde, as a result of which the reaction equi- 
librium is moved towards the side of the prod- 
ucts and the main reaction consequently pro- 
ceeds with precedence. 

III) Gentle treatment, i.e. short dwell time with a 
minimum reaction temperature. 

IV) Optimally coordinated pressure reduction or re- 
spectively temperature increase in order to 
achieve the greatest possible progress of the 
esterif ication/transesterif ication and also of 
the polycondensation/polyesterif ication . 

V) High surface formation for improving the reac- 
tion kinetics. 

These objectives can be fulfilled only unsatisfactor- 
ily by means of a plurality of successively connected 
stirred tanks which are used normally according to 
the state of the art for these processes. Conse- 
quently, e.g. the quality of the product or the quan- 
tity of undesired byproducts and also the yield can 
be affected negatively, as a result of which, in ad- 
dition to further disadvantages, such as energy con- 
sumption, maintenance requirements and investment 
costs, the economic efficiency of the method is 
greatly impaired. 

Furthermore, a method for production of high-molecu- 
lar weight polyester and a device for implementing 



this method is known from DE 101 55 419, the individ- 
ual reaction zones being integrated in a single reac- 
tor vessel . 

Starting from these disadvantages of the state of the 
art, it was the object of the present invention .to 
provide a reactor in which the individual reaction 
steps can be implemented and which makes possible a 
more rapid reaction progress and also a more gentle 
production of the reaction products relative to the 
state of the art . 

This object is achieved by the generic tower reactor 
with the characterising features of claim 1 and also 
the use thereof with the features of claim 31. The 
further dependent claims reveal advantageous develop- 
ments!! 

According to the invention, a tower reactor for con- 
tinuous production of high-molecular weight polyester 
is provided which has reaction zones for simultaneous 
esterif ication and/ or transesterif ication and also 
precondensation. The individual reaction zones are 
thereby combined in one tower reactor and can be con- 
nected to at least one reactor for polycondensation 
in the solid and/or liquid phase. 

The tower reactor is thereby constructed in the fol- 
lowing manner: in the upper third, the tower reactor 
is configured in the form of a hydrocyclone with an 
attached heat exchanger and has a supply line for the 
paste, the suspension and/or the liquid raw material 



mixture. The region of the tower reactor below the 
hydrocyclone is thereby configured in the form of a 
downflow cascade. This cascade is connected via a 
suitable inlet pipe to the lower part of the tower 
reactor which is configured in the form of a single- 
or multiple-stage falling-film zone with preliminary 
pressure reduction. 

This type of construction confers various advantages. 
Thus the product discharge from the entire tower re- 
actor can be ensured by means of gravimetric flow 
without the use of a pump. Furthermore, long external 
pressure lines for the conveyance of the monomer into 
the reactor are superfluous. Further advantages re- 
late to the fact that the heating of the upper reac- 
tor cover is dispensed with, which leads to corre- 
spending cost savings, and also that the reaction va- 
pours can be used partially for heating the reaction 
product in the hydrocyclone. Likewise a uniform pres- 
sure incline prevails across the entire, reactor. This 
leads to the fact that the wall material thickness 
can be reduced. 

Preferably, the hydrocyclone has a vapour connection 
piece and is connected in the upper part of the tower 
reactor to a heat exchanger. As a result, it is made 
possible to direct the product in a natural or en- 
forced circulation via the heat exchanger into the 
hydrocyclone . 

In an advantageous embodiment, the heat exchanger has 
a separate gas chimney which leads into an upper part 
of the cyclone . 



Preferably, the cascade has at least two, partsrarcu- 
larly preferred four reaction trays. A stirring as- 
sembly can thereby be integrated in at least one cas- 
cade region in order to assist the input of diol or 
additives. Alternatively, the additive can also be 
added into a product discharge pipe of the penulti- 
mate tiray via an injection lance,, as a result of 
which optimal distribution of the same in the product 
material is ensured. 

The pressure pipe is configured preferably as a dou- 
ble-walled jacket pipe which continues in the inte- 
rior of the first top tray as a heating coil. The 
pressure pipe can thereby be equipped with a volume 
feed pump and static mixing elements or a mixing 
pump . 

Preferably, the hydrocyclone has a gas inlet in its 
conical region . 

In an advantageous embodiment, one of the top trays 
iri the vapour region likewise has an inert gas inlet.. 
The reaction gases and/or foreign gases are prefera- 
bly directed from reaction zone to reaction zone 
through the reaction liquid in parallel flow by means 
of dipped supply lines, as a result of which a pres- 
sure, incline is produced between the trays. The reac- 
tion material is supplied centrally by means of a 
likewise dipped pipe to the respective next tray. 



Preferably, the preliminary pressure reduction zone 
for the falling- film zone .has likewise the form of < 
hydrocyclone which supports the flash effect and . en 
sures suitable separation of the liquid/gas phases 
and also a further pressure step graduation. 

The supply of the product from the preliminary pres 
sure reduction zone to the falling- film zone is ef- 
fected by suitable configuration of the discharge 
therefrom in the concentric outer region of the fal 
ling- film zones and the product is distributed uni- 
formly in the pipe field via channels. 

It is likewise preferred that the falling- film zone 
has at least one pipe field. An inlet cylinder is 
thereby assigned to each pipe of the pipe field, 
which inlet cylinder ensures uniform wetting of the 
inside of the pipe, the latter being equipped with 
overlapping, non-axial slots on the circumference, . 
constant filling level above the series of pipes be 
ing produced because of the slot pressure loss and 
having a maximum overflow with an indented crown, t'. 
slots being configured such that viscosity differ- 
ences cause only negligible changes in the filling 
level, but in fact a proportional change of filling 
level to liquid throughput. 

It is likewise preferred that the length of the fal 
ling-film pipes is dimensioned such that total wet- 
ting is effected. 



Preferably, the diameter of the falling- film pipes 
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chosen to be larger than the largest occurring reac- 
tion vapour bubble. The reaction vapours are thereby 
directed in parallel flow with the downwardly flowing 
product . 

The falling- film pipe field can preferably be used 
also for heat transference. 

Preferably, the entire tower reactor is equipped with 
a jacket for heating with organic heating media in 
vapour form. 

Preferably the tower reactor has a plate base valve 
configured with a special plate as supply line. The 
supply line of the raw mixture is disposed centrally 
in the spherical base below the heat exchanger. This 
confers the advantage that the plate of the base 
valve causes an impact plate effect which makes pos- 
sible a uniform turbulent distribution of the raw 
mixture with the reaction mixture. 

Preferably the tower reactor has static mixing ele- 
ments in order to improve mixing of the raw mixture 
into the reaction mixture. Due to the complete or 
partial filling of the heat exchanger pipes, mixing 
of the raw mixture into the reaction mixture is im- 
proved. As a result, the reaction can be accelerated, 
due to the higher material exchange and because of 
the improved heat exchange (lower wall temperature) 
the reaction product is protected. 



The raw mixture which enters in the lower part of the 
heat exchanger which is situated externally undergoes 
an intensive mixing into the liquid reaction mixture. 
The ratio of circulating reaction mixture to intro- 
duced raw mixture is in the range of 100:1 to 3 00:1, 
so that satisfactory mixing is ensured already by the 
dilution when starting with a 100 % mixture. 

Particularly preferably, a three-dimensional static 
mixing element is used which produces a multiplicity 
of diagonal cross -flows with simultaneous axial 
through- flow before the reaction mixture enters the 
heat exchanger. Thus problems such as strand forma- 
tion of the raw mixture in the reaction mixture can 
be excluded, so that a reaction which is starting 
non-homogenously in the heat exchanger, which would 
interfere with the natural circulation, can be pre- 
vented. In this way, sedimentation of a raw material 
component, which can lead to process interferences in 
the course of time, can likewise be avoided. These 
problems of mechanical mixing can be eliminated by 
means of commercial stirring elements or mixing 
pumps, these however have the disadvantage that a 
further element which requires maintenance and elec- 
trical power is a component of the reactor and hence 
reduces the economic efficiency of the process. In 
this connection, the use of a three-dimensional 
static mixing element has proved particularly advan- 
tageous. With the latter, radial distribution of re- 
action mixture and raw mixture with simultaneous ax- 
ial upwards movement can be effected, i.e. intensive 
mixing of the components and hence a uniform reaction 
is effected. In a particularly preferred embodiment, 
the three-dimensional static mixing element comprises 
cross-wise assembled, perforated sheet metal sec- 
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tions, the inclination of which relative to the axis 
is adjusted such that the impact -pressure loss is 
only a few mmWWS/m. The ratio of axial height to heat 
exchanger diameter is thereby preferably between 
0.2:1 to 0.5:1.. This ratio is important in order to 
interfere with the natural circulation as little as 
possible . 

For mixing, also defined types of filler bodies can 
be used. These however frequently ensure only lim- 
ited, local axial mixing. 

A further variant of mixing is produced by means of 
folded layer packing, as is used frequently in dis- 
tillation columns . . Good results can likewise be 
achieved herewith with respect in fact to the cross- 
wise and diagonal flow, the axial leakage flow and. 
also the low pressure loss. 

Preferably the heat exchanger has two regions, a 
product chamber and a heating chamber, and also a 
separating device for horizontal separation of these 
two regions, the height of the separating device- be- 
ing at least ID (D = diameter of the heat exchanger 
pipes) and the separated regions of the heat ex- 
changer having a rotated offset of 0 to ID , 

Preferably, the individual heat exchanger regions 
have a different pipe division. 

In an advantageous development, the vapour chambers 



11 



have • adhesion -reducing coatings. For this purpose 
there can be used for example adhesion- reducing or- 
ganic and inorganic chemicals as coatings in the thin 
film process (up to 10 /xm) at a high application tem- 
perature of up to 350 °C. With this surface treat- 
ment, a reduction in susceptibility to soiling of the 
polymer reaction materials can be achieved - 

In a further advantageous embodiment, all the heat 
exchanger surfaces are equipped in the individual 
zones for fluid heat carriers for process-relevant 
temperature and heat quantity distribution. 

With the reactor according to the invention, a method 
for continuous production of high-molecular weight 
polyesters can be implemented, based on the esterifi- 
cation of dicarboxylic acids and/or transesterif ica- 
tion of dicarboxylic acid esters with diols in the 
presence of catalysts with simultaneous formation of 
a prepolymer and polycondensation thereof into high- 
molecular weight polyesters. The following steps 
thereby characterise the course of the method: 

al) A paste and/or a suspension of the dicarboxylic 
acids and of the diol is produced, a molar ratio 
of diol to dicarboxylic acid of 0.8 to 1.8 being 
maintained. At the same time, the temperature is 
maintained between 2 0 and 90 °C and the pressure 
between 0 . 1 and 1 bar . 

a2) Alternatively to al) , a dicarboxylic acid ester 
can be melted and mixed with the diol in a mo- 
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lar ratio of diol to dicarboxylic acid ester of 
1.2 to 1.8 at a -temperature of 145 to 165 °C. 

5 b) The products from al) and/or a2) are supplied 

continuously to a tower reactor. In the tower 
reactor, the esterif ication or respectively 
transesterif ication is then effected continu- 
ously, simultaneously and without interruption 
10 until precondensation, the following reaction 

conditions being maintained: . 



bl) The products from al) and/or a2) are subjected 
15 to a temperature treatment at 170 to 270 °C and 

pressures of 0 . 3 to 3 bar. At the same time, a 
partial quantity of the catalyst and/or cata- 
lysts is supplied, whilst the reaction vapours 
are removed in situ from the reaction mixture. 

20 

b2) The product obtained from bl) is transferred 

continuously into a pipe stretch and the pres- 
sure is thereby maintained between 1 and 
25 10 bar, the temperature between 200 and 280 °C. 

In this reaction step, at the same time, 
0.03 to 0.3 mol diol are supplied. 



.30 b3) The product from b2) is transferred continu- 

ously into a third zone, a reduced pressure of 
0.1 to 2 bar and a temperature between 230 and 
2 80°C being maintained. 0.02 to 0.2 mol diol 
and a partial quantity of the catalyst and/ or 
35 catalysts are supplied in this third step. 
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b4) The product from b3) is subjected to a further 
reaction, the pressure being maintained between 
0.01 and 0.1 bar and the temperature between 
240 to 280 °C. 

b5) The reaction product water from the esterifica- 
tion or respectively methanol from the trans - 
esterif ication/ the byproducts and also excess 
diol from the reaction steps bl) and b3) to b5) 
are removed and the diol is supplied again to 
the individual process steps after cleaning. 

cl) The prepolymer obtained from b4) is further 

processed in a normal polycondensation appara- 
tus at temperatures between 240 and 290 °C and 
at pressures between 0.0002 to 0.003 bar -con- 
tinuously into the polymer. 

c2) Alternatively to cl) it is also possible to so- 
lidify the obtained prepolymer, to process it 
into pellets and to subject it to subsequent 
condensation in a solid phase at temperatures 
between 160 and 23 0 °C under inert gas. 

The new method allows the parallel, uninterrupted 
progress of the transesterification/esterif ication 
and also of the precondensation of dicarboxylic acids 
and esters thereof with diols in a single tower reac- 
tor. As a result, the mechanical and process- techno- 
logical integration of a plurality of process steps 
is made possible for the first time for the polyester 
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synthesis. 

Preferably, the gaseous byproducts produced in step 
bl) and the excess did are separated by means of a 
hydrocyclone in ''statu nascendi". There is great sig- 
nificance in the rapid separation of more easily 
boiling. reaction gases with respect to minimising the 
formation of byproducts by auto- and acid catalysis. 
The content of byproducts in the reaction material is 
determined, on the basis of the partial pressures of 
these products, by the applied reaction pressure and- 
the static product levels present: the higher the to- 
tal pressure, the higher the formation of byproducts. 
The configuration as hydrocyclone with externally 
situated heat exchanger is therefore decisive for a 
short dwell time of the byproducts in the reaction 
material because of the ensuing thermosiphon' circula- 
tion, in the case of increasing static product level 
and because an immediate effective degassing in the 
hydrocyclone and in the heat exchanger is ensured. 

During implementation of an esterif ication, prefera- 
bly a temperature between 200 and 270 and a pres- 
sure between 0.3 and 3 bar is maintained in step bl) . 
If in contrast a traiisesterif ication is implemented, 
then step bl) is implemented at a temperature between 
170 and 200 °C and at a. pressure between 0.3 to 
1 bar. 

In step b2) , during implementation of an esterif ica- 
tion, the pressure is maintained preferably between 2 
and 6 bar, the dwell time between 1 and S.min and the 
temperature preferably between 22 0 and 2 80 °C and 
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particularly preferably between 230 to 250 °C. If in 
contrast a transesterif ication is implemented, the 
pressure in step b2) is maintained preferably in the 
range between 2 and 5 bar, the dwell time between 1 
and 4 min and the temperature in the range between 
200 and 240 °C, particularly preferably between 210 
and 230 *^C. 

In an advantageous development of the method, in step 
b3) , the reaction product supplied continuously from 
step b2) is directed over a downf low cascade, a pres- 
sure falling by 2 0 to 6 0 mbar and a temperature in- 
creasing by 5 to 2 0 °C being set per tray. During the 
esterif ication, a precondensate is thereby produced 
with 5 to 20 repeat units with a conversion between 
97 and 99.5 %. During the transesterif ication, the 
conversion is however between 98.5 and 99.8 %. 

Preferably, in addition to the normal process gas, a 
dry inert gas and/or superheated process gas is. di- 
rected into at least the first tray below the reac- 
tion material surfaces. As a result, the separation 
of the byproducts is assisted by ''entrainment ef- 
fect, i.e. saturation of . the gases. At the same 
time, the internal intermixing of the reaction mate- 
rial is favoured. 

The dwell time in the individual trays is preferably 
in a range between 5 and 15 min. 

In a further advantageous development of the method, 
the supply of product is effected centrally in the 
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trays. The product thereby discharges at the outer 
edge of the trays distributed uniformly over the 
outer wall, which serves for accelerated degassing, 
and subsequently is directed together again cen- 
trally. 

The step b4) is configured as a falling- film zone 
with preliminary pressure reduction and is imple- 
mented preferably at a temperature between 245 and 
270 °C and a dwell time between 4 and 30 min, and 
also at a pressure between 0.01 and 0.05 bar. A pre- 
condensate is thereby produced with 10 to 40 repeat 
units with a conversion of 99.8%. 

The reaction product is directed together after leav- 
ing one or more falling-film zone(s) preferably 
through a heated cone, a gas-liquid separation being 
undertaken in its central region by means of spoil- 
ers . 

Preferably, 1 , 4 -butanediol , ethanediol or propanediol 
is used as diol . The method is also suitable for 
cyclohexane dimethanol . Terephthalic acid is used 
preferably as dicarboxylic acid. During transesteri- 
fication, preferably dimethyl terephthalate (DMT) is 
used as dicarboxylic acid ester. There are used as 
catalysts preferably the known tin, antimony, germa- 
nium, manganese, calcium and/or titanium metals etc., 
in particular as organic compounds thereof. The cata- 
lysts can also be accommodated in a porous carrier 
substance in order to develop a specific effect. 
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The subject according to the invention is intended to 
be explained in more detail with reference to the 
following Figures and the example, without being re- 
stricted to these embodiments. 

Fig. 1 shows a first variant of a tower reactor 

according to the invention, 

Fig. 2 shows a second variant of a tower reactor 

according to the invention. 

Fig. 3 shows a reaction tray with foam brake 13 

and vapour/ liquid separation. 

Fig. 4 shows various embodiments of the pipes of 
the pipe field. 

Fig. 5 shows various embodiments of the cylindri- 
cal inlet pipes. 

Fig. 6 shows an embodiment of the discharge of 

the second film reaction zone, and 

Fig. 7 shows an embodiment of the pipe bases in 
the form of a cap. 

Fig. 1 shows the schematic structure of a tower reac- 
tor. A suspension of the dicarboxylic acid with the 
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diol or the molten dicarboxylic acid ester and the 
diol are injected under pressure into the reaction 
material in the lower region of a heat exchanger 5 
suspended on the tower reactor, the result being, due 
to suitable configuration of the injection connection 
piece 3 , optimal intermixing with the boiling reac- 
tion product located in the lower part. Also a cata- 
lyst, which is advantageous for some polyester reac- 
tions, can be fed in here. The heat exchanger ensures 
the heating of the mixture to the boiling temperature 
of the reaction. The boiling reaction mixture passes 
via a short connection pipe which discharges tangen- 
tially into a hydrocyclone 2 for further reaction. 
For rapid reaction gas discharge from the reaction 
material,- the main part of these gases is directed 
via a separate pipe, a vapour chimney 6, out of the 
heat exchanger into the gas chamber of the cyclone. . 

A further degassing during continuation of the reac- 
tion takes place in the hydrocyclone 2 . The reacted 
product piasses via a short connection pipe at the 
foot of the cyclone back into the heat exchanger 5 so 
that a natural circulation^is produced. The entire 
reaction gas is withdrawn above the reaction material 
from the vapour chamber of the hydrocyclone 2 . 

In the case of particularly sensitive products, such 
as e.g. in the production of PBT, undesired tetrahy- 
drofuran (THF) is produced by cyclisation of buta- 
nediol . The formation is increased by the presence of 
water which is produced for example during esterifi- 
cation. Advantageously, a preheated, unsaturated en- 
trainment gas or superheated process vapour can be 
introduced in this case in the lower region of the 
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cyclone, as a result of which the removal of, in par- 
ticular water, methanol, acetaldehyde or tetrahydro- 
furan from the reaction material is accelerated. 

The reactor has a pressure pipe for the product, into 
which the diol is mixed intimately with the reaction 
material via static mixing- elements . According to the 
product, a pressure here of up to 10 bar can be set 
via a pressure maintaining valve. Alternatively, the 
intermixing and the pressure can also be produced by 
a special mixing pump. 

By introducing the diol under pressure, a spontaneous 
conversion with the carboxyl- or methoxy groups is 
initiated, which proceeds in the time range of 1 to 5 
minutes and is ended after pressure reduction to at- 
mospheric or sub- atmospheric pressure. The reaction 
time is adjusted in that a part of the pressure pipe 
is disposed in the form of a heating coil in the up- 
permost reaction tray of the tower reactor. The dou- 
ble-walled jacket ensures that the reaction material 
cooled by pressure reduction is brought again to re- 
action temperature . 

The pressure -reduced reaction material is now con- 
ducted through a downflow cascade 7 which comprises 
at least 2, preferably 4 to 5, reaction trays fitted 
with heating coils, into which the product flows cen- 
trally and dipped under the surface. The reaction gas 
is in contrast conducted separately out of the tray 
situated respectively thereabove by means of likewise 
dipped pipes through the reaction material, A differ- 
ential pressure, which acts preferably as a pressure 
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reduction from tray to tray from top to bottom is 
produced herefrom . 



The product from the second to x^^ tray runs respec- 
tively on the outer wall, which acts as an additional* 
evaporation face, to each tray in a conical ly shaped 
collector, the discharge of which is located cen- 
trally at the deepest point of the cone. In the col- 
lector, there are also located the dip pipes which 
introduce the reaction gas into the next tray. The 
trays are preferably designed for a dwell time of 5 
to 10 min in order to achieve the desired reaction 
progress. In order to control the reaction tempera- 
ture, preferably a gentle increase by 2 to 10 «^C"per 
tray, each tray is equipped with heating coils. 

It results from the arrangement that the reaction gas 
is directed in parallel flow with the product stream, 
the gas bubbling through the reaction material and, 
on the one hand, ensuring there optimum intermixing, 
on the other hand, not achieving its saturation limit 
because of the pressure decrease with simultaneous 
temperature increase and consequently remaining ab- 
sorbent for newly forming reaction gas (entrainment 
effect) . A further important effect of the described 
downflow cascade is that the low-boiling, short - 
chained oligomers of the product, which are initially 
still present, are directed back into the reaction 
material with the reaction gas and there take part 
further in the reaction. Due to the introduction of 
the gas into the reaction material, by additional 
surface formation and contact with the gaseous diol, 
the bubble formation further promotes the speed of 
the react ipn . 



21 



This is not possible for example in the case of 
stirred cascades and as a result the yield is reduced 
and interferences are caused in the subsequent con- 
densers and vacuum devices.. 

Insofar as it is required for mixing additional addi- 
tives or diol, a diagonally pitched stirrer 10 can be 
disposed in the last tray, which stirrer assists in- 
termixing of the vapour bubbles . 

The reaction material is brought subsequently by a 
suitable supply line for renewed pressure reduction 
into an arrangement configured similarly to a hydro- 
cyclone which arrangement is equipped like the pre- 
vious trays with heating coils for temperature con- 
trol . The gas/liquid separation is effected on the 
surface, it being ensured by suitable baffles that 
the reaction material discharges uniformly over the 
indented outer edge of the tray, unaffected by form- 
ing reaction gas bubbles. The reaction material dis- 
charging at the periphery is collected on a pipe base 
— likewise on the periphery thereof — and is distrib- 
uted on the base uniformly with the assistance of so- 
called "channels^' . 

The pipe base is part of a straight pipe bundle 9 
which serves simultaneously for film formation on the 
inner pipe faces and for heat exchange. An inlet cyl- 
inder 11 is assigned to each pipe in the bundle (cf . 
Fig. 5) . Said inlet cylinder is configured with a se- 
ries of non-axial, overlapping slots with a particu- 
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larly aligned geometry at its periphery. The geometry 
is established such that 



- a minimum level for all pipes is maintained for 
uniform liquid distribution, 

- only small level differences occur for a spe- 
cific viscosity spectrum, 

- throughput changes effect a proportional level 
change and the inner pipe face is wetted uni- 
formly over the entire, pipe length, 

- the upper edge of the inlet cylinder 11 serves 
as an emergency overflow and is equipped with an 
indented crown. 



The pipe diameter is chosen such that it is greater 
than the largest possible occurring reaction gas bub- 
ble. The reaction vapour is directed in parallel flow 
with the downwardly running product film. The ratio 
of pipe length to pipe diameter should be between 10 
and 25 and the surface of the falling-film pipes must 
be adapted to the wettability of the product- The 
product emerges as a film and/or strands on the un- 
derside of the falling-film pipes, is directed to- 
gether by conical collector sheets which allow the 
gas flow to pass through and is supplied to a second 
falling- film reaction zone on the periphery. The lat- 
ter is in principle configured identically to the 
first zone but takes into account the increased vis- 
cosities by means of corresponding measures on the 
inlet cylinders 11, distribution of the pipes and 
length of the module. 
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Below the module, a device is located for directing 
together the melt which contains in the center a cen- 
tral pipe for the guidance of the reaction gases and 
the product. The product discharging at the device, 
preferably at the wall, is separated from the gas 
flow by a spoiler device 12 (cf. Fig, 6), which gas 
flow is deflected and discharged in the gas chamber 
of the integrated prepolymer collector. The collected 
prepolymer is removed from the collector at the reac- 
tor base after a resting and secondary reaction time 
of 5 to 15 minutes and can now be subjected to a fur- 
ther treatment, e.g. granulation with subsequent 
solid phase post -condensation or a melt. phase post- 
condensat ion . 

For specific products, the possibility is provided of 
directing back a partial flow of the prepolymer into 
the lower falling- film module and of mixing it with 
the preproduct from the upper falling- film module so 
that the reaction time can.be advantageously in- 
creased in a simple manner. 

The outer covering of the reactor is equipped with a 
heating jacket which is provided preferably with a 
synthetic heat carrier vapour as active insulation 
for the heating. The temperature profile required for 
the reaction is produced essentially with a liquid 
heat carrier oil in zones by means of the inner heat- 
ing faces. The reaction gases from the different 
zones are discharged through normal devices, such as 
condensers, columns and vacuum systems, the diol with 
small proportions of oligomer being essentially di- 
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rected back into the process. 

Fig. 2 shows a further variant of the tower reactor 
which has the essential elements as in Fig. 1, 

However, in this variant of the. tower reactor, a spe- 
cial mixing pump is used instead of the pressure 
maintaining valve and the static mixing elements. 
Likewise in this variant, the use of a diagonally 
pitched stirrer for mixing additional additives and 
diols is dispensed with. 

Figure 3 shows an embodiment of the reaction tray 
with foam brakes and vapour- liquid separation. The 
reaction trays represented here have a foam brake 13 
and also an adjustable, indented overflow 14. The 
liquid is directed through the reaction gases and can 
discharge via the central liquid discharge (dip pipe) 
15, which serves for producing differential pressure. 
Simultaneously, the reactor tray has a closeable 
drainage opening .16 which comprises a drilled hole 
with a conical machining, into which a conical clo- 
sure with an additional temperature-resistant sealing 
element is introduced. The actuation is effected from 
the outside with the help of a two- fold vacuum- sealed 
rod 17. Furthermore, the reaction trays have heating 
pipes 18. 

The ratio A if 
Ah 

is preferably between 2 and 10, the liquid velocity W 
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is between 1 and 5 m/s and Wl between 0.05 and 
0 - 3 m/s . 

Figure 4 shows the distribution of the melt on the 
distributor bases from the periphery with the help of 
gases- 19 in the pipe field 20, which ensure a distri- 
bution deviation, of at most 30 %, i.e. the ■ throughput 
difference between two pipes with maximum spacing is 
not higher than 30 %. For formation of the channels, 
three different embodiment variants are represented. 

Figure 5 shows different embodiments of the cylindri- 
cal inlet pipes 11 for the film-producing pipes in 
order to achieve an optimal film discharge. The in- 
dentation angles of the overflow can thereby be be- 
tween 45 and 90 and the height of the indentations 
between 5 and 20 mm. The ratio of the spacing between 
the borings s to 

the diameter d of a boring *^ ^ is between 1-5 and 
2.5. 

According to the course of the chemical reaction and 
the resulting physical values, the gap/hole geometry 
is determined by a suitable differential equation, a 
minimum level height, which is required for optimal 
distribution, being maintained. 

Fig- 6 shows an embodiment of the discharge of the 
second film reaction zone in the form of a spoiler 
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The product from this zone already has a melt viscos- 
ity which has film and fibre- forming properties. The 
discharge of such a melt from a pipe can already 
adopt the form of an elastic hose. In the case of the 
passage of a gas, in this case the reaction gas, the 
danger exists that this film hose will be ripped 
apart and flat parts of the same will pass with the 
gas flow into subsequently connected condensation and 
vacuum systems. This would lead to unsatisfactory op- 
erational interferences and losses. According to the 
invention, this problem was resolved by bundling of 
the polymer flow, which then only discharges in 
strands through the pipe, with simultaneous release 
of the gas passage faces with the help of the spoiler 
21 . 

Figure 7 shows an embodiment variant of the pipe 
bases in the form of a cap. In order to assist the 
uniform supply to the peripheral pipes and the subse- 
quent pipes of the pipe surface up to the central 
pipes, the pipe bases can have the configuration of a 
cap,, by means of which a targeted height difference 
in the fluid level is produced. As a result, the dis- 
tribution irregularities which arise on the base due 
to the material difference and pressure loss of the 
material are eliminated and the uniform supply of all 
pipes on the base is achieved. AH hereby corresponds 
to the natural level decrease in the case of the flow 
from the exterior, i.e. from the reactor wall 22, to 
the interior. 
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Example 



1. A paste, which is temperature-controlled to 
20-90 °C, made of the reactants PTA and diol or 
the liquid carboxyester and diol with a tempera- 
ture of 150 ^'C in the case of molar ratios be- * 
tween 0,8 and. 1.8 are injected into a first 
chamber, are mixed intensively with the existing 
monomer /prepolymer reaction material in the heat 
exchanger with product recirculated from the hy- 
drocyclone and at least one catalyst , 

2. Degassing by removing the byproducts in an order 
of magnitude between 3 0 and 90 %, preferably 4 0 
and 60 % ''in situ'' whilst passing through the 
heat exchanger which directs the reaction va- 
pours into the hydrocyc lone via a "chimney" 
channel (gas/liquid separation) . 

3. The reaction material is further degassed in a 
connected hydrocyclone at pressures between 500 
to 3000 hPa. 

4. Injection of a carrier gas at the base of the 
hydrocyclone for a further improved removal of 
byproducts. Any inert medium or one of the puri- 
fied gaseous byproducts (superheated) can be 
used as carrier gas. 

5. Transference of the reaction material through a 
pipe under pressure and simultaneous addition of 
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parts of the diol to the material in quantities 
between 0.03 to 0.5 mol/mol acid or respectively 
dimethylester, preferably between 0.1 and 
0.3 mol/mol acid or respectively dimethylester 
in order to achieve an immediate reduction of 
the carboxyl groups or an exchange of ester end 
groups between 20-80 %, preferably 40-60 %, of 
the acid or ester end. groups present in the hy- 
drocyclone. 

Transference of the reaction material into a 
first tray in order to remove the previously 
formed byproducts and to heat the reaction mate- 
rial again by means of the heating jacket of the 
pipe under pressure in the container , 

The product is directed through at least two or 
a plurality of vapour- stirred integrated trays 
with a dwell time of between 5 and 15 min, the 
temperature increasing constantly in steps of 1 
to 2 0 °C and the pressure being reduced con- 
stantly by 5 to 50 hPa per tray. The vapours 
produced by continuing the reaction are in a 
non- saturated gaseous state and are introduced 
below the liquid surface of the following tray, 
whilst the product flows into the following con- 
tainer in a liquid- impermeable manner. The va- 
pours promote the removal of the reaction side 
products by intensive mixing with the primary 
product. In addition, dried inert gas or process 
gas can be admitted into the first tray in order 
to further improve the reaction progress by 
saturation of vapour and gas. The obtained reac- 
tion progress is between 10 and 40 % for the si- 
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multaneous reactions between carboxyl and hy- . 
droxyl groups as well as ester end groups. 

The product is transferred into a further flash 
container in which a pressure which is smaller 
by 1/5 to 1/50 than in the last vapour-stirred 
container prevails and the reaction temperature 
is increased by 2 to 20 °C. The resultant poly- 
esters have a chain length of 5-20, preferably 
between 10 and 15 repeat units with a conversion 
of more than 99.5 %. 

Allowing the polyester to flow through at least 
one high surface-active pipe field in which each 
partial quantity of product is subjected uni- 
formly to the temperature and surface, from 
which a prepolymer results which has preferably 
between 2 0 and 3 5 repeat units and a conversion 
of 99.8 %. The superheated reaction gases are 
directed downwardly in parallel flow with the 
polymer films and absorb each newly occurring 
gaseous byproduct of the polymer films. This ar- 
rangement enables implementation . of the method 
with the above conditions in a period of time 
between 5 and 30, preferably 8 and 16 min. 

In order to equalise the molecular distribution, 
the product remains in the system between 2 and 
10 . min . 

The polymer is transferred into a polycondensa- 
tion reactor in which a PD of 80-150 is achieved 
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A suitable reactor is described for example in 
US 5,779,986 and in EP 0 719 532. 

12. Alternatively, the product pumped out after 2 to 
10 min can be processed into a granulate which 
can be heat treated further then in the solid 
state in order to obtain a polymer with a PD of 
90-200. 



Both polymers produced according to. point 1-11 and 
also point 1-10 and point 12 are excellently suited 
to fibre-forming processes, as resin for bottle ap- 
plications, in particular for ^^still waters^^ and for 
film-forming and industrial plastic material applica- 
tion. 

They are distinctive inter alia because of a degree 
of yellowness improved by up to 2.5 points measured 
according to CIELAB (b* value) and in a degree of 
whiteness improved by up to. 5 points (L* value) . 

These analyses indicate inter alia that, relative to 
polymers produced in previously common methods and 
equipment, this concerns polyesters of high purity. 

The device according to the invention presents there- 
fore, relative to the state of the art, a new concept 
which is progressive in its features. 



